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The work develops a strategy for the production of ethanol from lignocellulosic biomass. In this strategy,
the cellulose and hemicellulose fractions are simultaneously converted to sugars using a c-valerolactone
(GVL) solvent containing a dilute acid catalyst. To effectively recover GVL for reuse as solvent and bio-
mass-derived lignin for heat and power generation, separation subsystems, including a novel CO2-based
extraction for the separation of sugars from GVL, lignin and humins have been designed. The sugars are
co-fermented by yeast to produce ethanol. Furthermore, heat integration to reduce utility requirements is
performed. It is shown that this strategy leads to high ethanol yields and the total energy requirements
could be satisﬁed by burning the lignin. The integrated strategy using corn stover feedstock leads to a
minimum selling price of $5 per gallon of gasoline equivalent, which suggests that it is a promising
alternative to current biofuels production approaches.
 2015 Elsevier Ltd. All rights reserved.1. Introduction
The United States used about 13 billion gallons of renewable
fuels in 2010, and this number is predicted to rise to 36 billion gal-
lons by 2022 (Schnepf and Yacobucci, 2010). Lignocellulosic bio-
mass can be a potential sustainable source for biofuel productionto meet future renewable fuel demands (Daoutidis et al., 2013;
Demirbas, 2007). Biofuels, such as bioethanol, biobutanol, and bio-
gasoline, can be produced from lignocellulosic biomass via three
different process platforms: (1) biochemical, using enzymatic or
chemical hydrolysis, followed by microbial fermentation (Anex
et al., 2010; Conde-Mejía et al., 2013; Gnansounou and Dauriat,
2010; Kazi et al., 2010; Uppugundla et al., 2014; Zhong et al.,
2009); (2) thermochemical, using gasiﬁcation/pyrolysis and subse-
quent catalytic upgrading or carbohydrate reforming (Anex et al.,
2010; Corma et al., 2011; Huber et al., 2006; Lange, 2007; Pham
et al., 2014; Swanson et al., 2010; Wright et al., 2010); and (3)
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catalytic upgrading of platform chemicals (Alonso et al., 2010;
Bond et al., 2014; Braden et al., 2011; Huber et al., 2006; Lange,
2007; Sen et al., 2012). Among the various competing biofuel tech-
nologies, biochemical ethanol production from lignocellulosic bio-
mass has received the most attention in the literature (Humbird
et al., 2011; Kazi et al., 2010). Several studies have focused on
the synthesis and technoeconomic evaluation of bioreﬁneries
based on the aforementioned platforms (Dale and Ong, 2014;
Floudas et al., 2012; Martín and Grossmann, 2011; Pham and El-
Halwagi, 2012; Sammons et al., 2008; Tao et al., 2011; Wright
and Brown, 2007).
Cellulose and hemicellulose components of the lignocellulosic
biomass are hydrolyzed to 5-carbon (C5) and 6-carbon (C6) sugars
either by acids (Luterbacher et al., 2014) or enzymes (Kazi et al.,
2010). The sugars are then co-fermented or fermented separately
either by yeast (Kádár et al., 2007) or bacteria (Olsson and Hahn-
Hägerdal, 1996) to produce ethanol. The biomass residues (primar-
ily lignin) are generally used for producing process heat and elec-
tricity (Holladay et al., 2007; Kazi et al., 2010). Chemical (acid)
hydrolysis may offer economic advantages because of the absence
of expensive enzymes (15–20% of the total ethanol production
cost) (Humbird et al., 2011; Kazi et al., 2010). However, there are
two key challenges: (1) production of sugar degradation products
(e.g., furfural, levulinic acid and humins) that leads to low sugar
yields; and (2) high capital cost of reaction systems resulting from
low sugar concentration (Lee et al., 1999).
Recently, Luterbacher et al. (2014) developed a novel chemical
hydrolysis process for sugar production at high yields using c-val-
erolactone (GVL) and water as a solvent containing dilute sulfuric
acids (SA) as a catalyst. They reported that the sugars could be
recovered and effectively concentrated by extraction using liquid
CO2 from the GVL/water solution. Subsequently, the concentrated
sugars can be upgraded to ethanol at high yields by co-fermenta-
tion using engineered yeast strains (Lau and Dale, 2009). The
process can potentially produce sugars more economically than
other methods because it does not utilize expensive enzymes
(cellulases). Furthermore, GVL is a biomass-derived renewable sol-
vent which is more affordable than currently used enzymes.
Finally, this technology offers great ﬂexibility because it leads to
sugar intermediates which are compatible with biological or chem-
ical upgrading strategies to a range of higher value materials (e.g.,
fuels, fuels additives, and chemicals).
However, potential bottlenecks for the further development and
commercialization of process based on this technology are (1) the
downstream separations necessary to recover sugars (to be
fermented to ethanol) from GVL, lignin and humins; and (2) the
separation of GVL (to be recycled) from lignin and humins (to be
used for heat and power generation). Accordingly, in this paper
separation subsystems are developed to carry out the aforemen-
tioned separations. The nonenzymatic hydrolysis and separation
subsystems have been integrated into a process, to perform a tech-
noeconomic analysis. The ultimate goal is to identify the major cost
and technological drivers, thereby leading future research efforts in
fundamental research in the area of catalysis and separations.2. Methods
2.1. Process description
The strategy reported herein combines two conversion subsys-
tems for the (1) chemical hydrolysis of hemicellulose and cellulose
to soluble sugars; and (2) fermentative upgrading of sugars to eth-
anol as well as separation subsystems for (1) the separation of sug-
ars (to be fermented to ethanol) from GVL, lignin and humins; and(2) the separation of GVL (to be recycled) from lignin and humins
(to be used for heat and power generation).2.1.1. Nonenzymatic sugar production
Luterbacher et al. (2014) proposed a two-stage dilute acid reac-
tion system (Fig. 1) for the chemical hydrolysis of hemicellulose
and cellulose to C5 and C6 sugars. In a two-stage dilute acid reac-
tion system. Corn stover is ﬁrst treated in GVL–water (4:1 mass
ratio) solvent containing 0.15 M SA for 1 h at relatively mild condi-
tions (390 K) with a solvent to biomass mass ratio of 4 (R-1 in Fig
1). In the ﬁrst reaction stage, hemicellulose is converted to C5
sugars and furfural at 64.2% and 14.5% molar yields, respectively
(reactions 1 and 2 in Table 1), whereas cellulose is converted to
C6 sugars, levulinic acid (LA) and 5-hydroxymethylfurfural (HMF)
at 10.3%, 0.9% and 0.6% molar yields, respectively (reactions 3, 4
and 5 in Table 1). Most of the C5 sugars and lignin are solubilized
in the ﬁrst reaction stage, and the resulting mixture is ﬁltered to
separate solid and liquid fractions (S-1). The insoluble materials
(containing cellulose and remaining hemicellulose) separated from
the liquid mixture (containing xylose, furfural, lignin and GVL/
water) are sent to the second reaction stage (stream 4). The liquid
mixture (stream 5) is sent to a holding tank (V-1) where it is mixed
with the hydrolyzed slurry (stream 6) leaving the second reaction
stage prior to being sent to a subsequent separation subsystem for
recovering sugars.
The remaining solids (primarily cellulose and some hemicellu-
lose) are then again treated in GVL–water (4:1 wt%) solution con-
taining 5 mM SA for 0.5 h at higher temperatures (430–490 K)
with a solvent to biomass mass ratio of 20 (R-2 in Fig 1). The
second stage is designed as a vertical continuous countercurrent
reactor, in which the liquid ﬂows through the solids, which are
advancing in the opposite direction. Therefore, soluble sugars are
produced along with the progressive heating of the solids. The
hot liquid (490 K) is driven down the reactor and it cools to
430 K, while the cold solids are progressively heated from 430 to
490 K with the solids moving upward. In the second reaction stage,
cellulose is converted to C6 sugars, LA and HMF at 66.5%, 11.2% and
5.4% molar yields, respectively, whereas hemicellulose is converted
to C5 sugars and furfural at 27.3% and 72.7% molar yields, respec-
tively. Based on the liquid collected from both the ﬁrst and second
reactors, soluble C5 and C6 sugars are produced at 70% and 69%
molar yields, respectively (reactions 1 and 3 in Table 1). Soluble
degradation products, such as furfural, LA, HMF and humins, are
also formed at 30%, 10.8%, 5.4% and 14.8% molar yields, respec-
tively (reactions 2, 4, 5 and 6 in Table 1).2.1.2. Separation subsystems
In order to separate the sugars from GVL, Luterbacher et al.
(2014) proposed a separation system wherein the aqueous phase
containing the sugars was rendered immiscible with GVL by addi-
tion of liquid CO2 at 68 bar and 296 K. This phase separation leads
to an increase in total soluble sugar concentration of up to
12.5 wt% and a decrease in GVL concentration down to 1.3 wt%
as about 85% of the sugars remain in the aqueous (water) phase,
while most of the GVL, lignin and sugar degradation products par-
tition into the organic (CO2) phase. Following this separation, CO2
(to be reused in the extraction) has to be separated from GVL
and biomass residues (lignin and humins). To accurately model a
vapor–liquid equilibrium (VLE) unit operation for this task, the
Peng-Robinson equation of state (EoS) was modiﬁed based on
VLE experiments performed in the lab. For the separation of GVL
(to be recycled to the biomass deconstruction system) from bio-
mass residues (to be used for heat and power generation), an evap-
oration step was used following the suggestion of Han et al. (2014).
Fig. 1. Process ﬂowsheet for two-stage reaction section.
Table 1
A summary of reaction yields for the conversion of hemicellulose and cellulose.
Reaction After 1st-stage (%) After 2nd–stage (%)
(Reaction 1) 64.2 70.0
(Reaction 2) 14.5 30.0
(Reaction 3) 10.3 69
(Reaction 4) 0.6 5.4
(Reaction 5) 0.9 10.8
(Reaction 6) 14.8
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To achieve microbial fermentation to ethanol, SA needs to be
neutralized and GVL concentrations reduced, because they can
inhibit microbial growth (Luterbacher et al., 2014). Once this has
been achieved, the soluble C5 and C6 sugars can be upgraded bio-
logically to 5 wt% of ethanol with 87% molar yields on engineered
yeast strains at 303 K for 6 days of fermentation (reactions 7 and 8
in Table 2) (Lau and Dale, 2009; Luterbacher et al., 2014). Note that
the nonenzymatic sugar production step can be integrated with
other conversion technologies that lead to different fuels, fuel
additives, or chemicals. However, we choose to integrate with a
sugars-to-ethanol process in order to draw comparisons with the‘‘benchmark’’ NREL lignocellulosic ethanol process used widely in
the literature.
2.2. Design basis and assumptions
Based on the experimental data and simulation results, the cost
for the units in four sections (extraction, CO2 separation, GVL
production, and biomass residues separation) was estimated using
Aspen Process Economic Analyzer. The equipment cost of the
remaining sections was estimated using an exponential scaling
expression based on the equipment size and cost data in the NREL’s
design (Humbird et al., 2011; Kazi et al., 2010). The equipment and
Table 2
A summary of reaction yields for the conversion of sugars into ethanol.
Reaction Yields (%)
(Reaction 7) 87.0
(Reaction 8) 87.0
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using Aspen Energy Analyzer. To compare the strategy reported
herein with previous techno-economic analyses of lignocellulosic
biofuel production, enzymatic/biochemical ethanol production
(Kazi et al., 2010) and catalytic alkenes production (Han et al.,
2014), the same feedstock and processing rate (2000 dry tons of
corn stover per day) were selected. The total ethanol production
is 50.6  106 gal of ethanol yr1. All the equipment cost is indexed
to year 2007, using the Chemical Engineering Plant Cost Index
(Lozowski, 2012).3. Results and discussion
3.1. Process synthesis
Based on the technologies outlined in the previous section, a
process for producing a liquid biofuel (ethanol) from lignocellu-
losic biomass was synthesized. Fig. 2 shows the proposed process
which consists of ten main sections: (1) biomass handling, (2)
two-stage reaction, (3) extraction, (4) CO2 separation, (5) GVL
production, (6) GVL recovery, (7) fermentation, (8) ethanol puriﬁ-
cation, (9) wastewater treatment, and (10) heat and power
generation.Fig. 2. Process ﬂowsheet for the inAfter physical size reduction (Kazi et al., 2010) and chemical
hydrolysis of lignocellulosic biomass (stream 7), GVL removal from
the liquid hydrolyzed mixture using liquid CO2 takes place at 296 K
and 68 bar with a CO2 to feed mass ratio of 0.46. After 5 extraction
stages (E-1 in Fig 2), 99.6% of GVL, 99.4% of furfural, 95.1% of LA and
52.0% of HMF are recovered in the CO2-expanded GVL phase with
the liquid CO2 (stream 10), whereas 85.5% of sugars remain in
the SA-containing aqueous phase, which is sent to the fermenta-
tion section (stream 8).
Carbon dioxide and GVL have to be separated so that GVL can be
reused in the reaction (biomass hydrolysis) and CO2 can be reused
in the extraction. To achieve these tasks, the GVL-rich mixture
(stream 10) is ﬁrst sent to a CO2 separation system consisting of
ﬁve vapor–liquid separators (S-2–S-6) connected in series which
undergo an increase in temperature (S-2 in Fig 2) and reduction
in pressure (S-3–S-6) leading to CO2 vapor streams. 99% of CO2 is
separated from the GVL-rich stream and recompressed (C-1–C-4)
before is sent to the extraction section. Following the CO2 separa-
tion, 33% of the GVL-rich stream (stream 17) is diverted to be
vaporized in a gas–solid separator (S-7) for separating and cleaning
the GVL from soluble biomass residues (lignin and humins). To
make up the loss of GVL, a further 33% of the GVL-rich stream
(stream 18) is sent back to the reaction section only after goingtegrated conversion strategy.
Fig. 3. Energy requirements (MW) of each process section before and after heat
integration.
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from FA decomposition over RuSn4/C catalysts (R-3). The remain-
ing GVL-rich stream (stream 19), containing also lignin and
humins, is recycled directly to the two-stage reaction section to
reduce the heat load for the evaporation of GVL.
Following the evaporation of GVL (S-7), most of the GVL
remaining in the biomass residues is recovered by a liquid–solid
separator with addition of water (S-8) followed by a distillation
step to recycle the water (D-1) (stream 24), whereas the biomass
residues and non-recovered GVL are burned to produce process
heat and electricity in the boiler/turbogenerator (stream 25).
Prior to ethanol production, the aqueous stream containing
sugars, small amounts of GVL, and SA (stream 8) from the extractor
(E-1) is neutralized using Ca(OH)2, and the precipitate (gypsum) is
removed by ﬁltration (S-9), which is assumed to remove 99.5% of
the precipitated gypsum and the solids are assumed to contain
20% liquid, as described in the NREL report (Kazi et al., 2010). Sug-
ars present in the neutralized stream are diluted with a water to
feed mass ratio of 0.2 and then converted to 5 wt% of ethanol over
engineered yeast strains in a fermenter (R-4) at a molar yield of
87% (stream 32). After ethanol–H2O distillation, 92.5 wt% of
ethanol is obtained at the top of the distillation column (D-2) at
366 K and 2 bar (stream 33) and is further dehydrated to
99.5 wt% by vapor-phase molecular sieve adsorption (S-10, stream
35). 47.5% of the water and GVL separated from the distillation
bottoms liquid (stream 34) is recycled to the two-stage reaction
section and the remaining fraction is sent to the waste water treat-
ment section.
3.2. Heat integration and energy efﬁciency
A potential drawback of the proposed strategy is the large
energy requirement for (1) the recompression of CO2 to critical
pressure (CO2 separation section); and (2) GVL evaporation (GVL
recovery section). These duties are high because of the large sol-
vent:biomass ratio (14:1) in the two-stage reaction system and
the large CO2 requirement for the separation of sugars (GVL-rich
solution:CO2 mass ratio = 2.2:1). In particular, when 2000 tons of
corn stover are processed per day (358 MW of energy content)
the total heating requirement is 242 MW, while the electricity
requirement is estimated to be 14 MW (Fig. 3). Since the energy
content of biomass residues is estimated to be 165 MW, the total
heating and electricity requirements could not have been satisﬁed
by burning the solids alone.
To address this challenge, heat integration including integration
between process streams and unit operations was performed. The
heat exchanger network (HEN) requires 31 heat exchangers and
results in signiﬁcant energy recovery (168 MW), thereby reducing
the heating (cooling) requirements of the process to 74.4 MW
(27.2 MW) as shown in Fig. 4. The electricity requirement of the
process is estimated to be 14 MW. This means that the total heat-
ing and electricity requirements (88 MW) could be satisﬁed by
burning the biomass residues, assuming that the efﬁciencies of
heat and electricity generation are 71% and 30%, respectively
(Kazi et al., 2010). Also, 4.1 MW of net surplus electricity could
be sold to the grid. The heat exchanger for transferring heat from
the feed stream of the extraction section to the product stream
has the largest heat load (32.4 MW).
Fig. 4 shows an energy ﬂow diagram which represents how 100
units (358 MW) of energy input (biomass energy content) are con-
verted into various energy outputs (liquid fuels and electricity)
after heat integration. The energy efﬁciency, which is the ratio of
the energy output to the energy input, for the conversion of the
biomass energy content into fuels and electricity is estimated to
be 42.4%. The energy (heat and electricity) required to run the
process is 24.7 units (88.3 MW). As expected, the most energyintensive section is biomass residue separation by GVL evaporation
(44.4 MW, 12.4 units).3.3. Capital and operating costs
The capital costs of all process sections are shown in Table 3. In
addition, the capital requirements of the enzymatic production of
ethanol, reported by NREL (Kazi et al., 2010), and the catalytic
production of alkene oligomers, reported by Han et al. (2014),
are included for comparison. The total installed equipment cost
is estimated to be $225.8 million for the nonenzymatic ethanol
production, whereas the total project investment, which includes
other direct (e.g., warehouse and site development) and indirect
(e.g., engineering, supervision, construction expenses, and contin-
gency) costs, is $517.2 million. The total installed equipment cost
for the nonenzymatic ethanol production is 32.4% higher than that
of the catalytic production of alkene oligomers ($170.5 million)
mainly because the catalytic conversion strategy does not use as
much solvent due to the absence of a ﬂow-through reaction and
does not require extraction/CO2 separation steps for sugar produc-
tion and recovery ($91.9 million of difference), although the cost of
biochemical conversions ($7.2 million) is lower than that of cata-
lytic conversions ($29.8 million). The cost of biochemical conver-
sions for the strategy reported herein is lower (by $14.6 million)
due to smaller fermentation reactors resulting from lower ethanol
production, compared to that of the NREL process. However, the
total installed equipment cost for our strategy is higher ($61.7 mil-
lion) than that of the NREL because the non-enzymatic strategy (1)
has a larger reaction system ($49.5 million of difference) resulting
from lower overall solids loading (7 wt%), compared to that of the
NREL process (30 wt%); and (2) requires a CO2-based extraction
and a CO2 separation section ($42.8 million of difference).
The total operating cost is estimated to be $83.9 million yr1.
Feedstock cost is the most signiﬁcant component not only in the
non-enzymatic strategy (69% of the total operating cost), but also
in the other strategies, as shown in Table 3. The ﬁxed operating
cost (e.g., labor, overhead, insurance and maintenance costs) for
the non-enzymatic strategy is $12.1 million yr1, which is slightly
higher than the other strategies because it is calculated based on
the total installed equipment cost. However, the total operating
cost for the non-enzymatic strategy is signiﬁcantly (35.3%) lower
than that of the NREL process ($129.7 million yr1) because
Fig. 4. Energy ﬂow diagram after heat integration. Five major heat loads recovered by heat exchange are also shown. Black numbers refer to MW, blue (bold and italic)
numbers refer to % units, and purple (underlined) numbers denote temperatures (K). (For interpretation of the references to color in this ﬁgure legend, the reader is referred to
the web version of this article.)
Table 3
Capital and operating costs for the non-enzymatic ethanol production strategy, the catalytic alkenes production strategy and the enzymatic ethanol production strategy.
Capital cost (MM$) Operating cost (MM$/year)
Non-
enzymatic
ethanol
production
Catalytic alkenes
production (Han
et al., 2014)
Enzymatic ethanol
production (Kazi
et al., 2010)
Nonenzymatic
ethanol
production
Catalytic alkenes
production (Han
et al., 2014)
Enzymatic ethanol
production (Kazi
et al., 2010)
Pretreatment/biomass
conversion
85.7 36.6 36.2 Enzyme 37.1
Extraction/CO2 separation 42.8 CO2 makeup 1.5
Biochemical conversions 7.2 21.8 Sulfuric and
makeup
1.6 0.2 2.4
Catalytic conversions 2.0 29.8 Other raw
materials
5.4 2.7 15.6
Distillation/solids recovery 15.9 17.1 26.1 Waste
disposal*
5.0 2.2 6.8
Feedstock handling 10.9 10.9 10.9 Catalyst
regeneration
0.3 3.5
Wastewater treatment 2.9 8.8 3.5 Utilities
usage
0.2 1.2
Boiler/turbogenerator 48.5 55.5 56.1 Fixed costs 12.1 10.1 9.9
Utilities 6.9 8.7 6.3 Feedstock 57.9 57.9 57.9
Storage 3.1 3.2 3.2
Total 225.8 170.5 164.1 Total 83.9 77.7 129.7
* Waste disposal costs include gypsum disposal following the sulfuric acid neutralization during fermentation and other solid waste disposal (e.g., ash) during boiler/
turbogenerator.
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lower than those of the NREL process (sulfuric acid and enzyme
costs, $39.5 million yr1). The total operating cost for the non-
enzymatic strategy, on the other hand, is slightly (7.9%) higher
than that of the catalytic production of alkene oligomers due tohigher ﬁxed operating costs and material costs including other
raw materials (e.g., lime, boiler chemicals, wastewater chemicals)
resulting from the fact that the catalytic conversion strategy has
no sugar production/recovery steps and higher overall solids load-
ing (16 wt%) in biomass deconstruction reactor (Han et al., 2014).
Table 4
Comparison of costs and revenues of the non-enzymatic ethanol production strategy with the catalytic alkenes production strategy and the enzymatic ethanol production
strategy ($/GGE).
Non-enzymatic ethanol production Catalytic alkenes production (Han et al., 2014) Enzymatic ethanol production (Kazi et al., 2010)
Revenues Costs Revenues Costs Revenues Costs
Production 2.50 3.00 3.66
Capital depreciation 0.67 0.66 0.46
Average income tax 0.55 0.56 0.40
Average ROI 1.32 1.30 0.93
Electricity income 0.06 0.09 0.33
Fuel income 4.99 5.43 5.13
Fig. 5. Cost contribution per process section ($ GGE1). The total cost ($5.05 GGE1) includes also utilities (capital = $0.08 GGE1, operating = $0.01 GGE1) and storage
(capital = $0.03 GGE1, operating = $0.01 GGE1).
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The minimum selling price (MSP) of ethanol (i.e., the price that
leads to zero net present value) was calculated (see Table 4) based
on the capital and operating costs using the economic parameters,
assumptions and discounted cash ﬂow methodology used by NREL
(Kazi et al., 2010). Although the average total annualized cost of
the non-enzymatic ethanol production process ($169 million yr1)
is 18.3% higher than that of the catalytic alkenes production pro-
cess ($143 million yr1), the MSP of ethanol for the non-enzymatic
strategy ($4.99/gal of gasoline equivalent (GGE)) is 44¢ per GGE
lower than the catalytic alkenes production process ($5.43 GGE1),
because the ethanol yield of the non-enzymatic strategy is 29.3%
higher, leading to signiﬁcantly higher fuel production (33.5  106
vs. 25.9  106 GGE yr1). Also, the MSP of ethanol for the non-
enzymatic strategy is 14¢ per GGE lower than that of the NREL pro-
cess ($5.13 GGE1) because of 14.4% lower average total annual-
ized cost resulting from the absence of expensive enzymes,
despite 5.6% lower ethanol production. The electricity credit
obtained in the non-enzymatic strategy is $0.06 GGE1, which is
1.1% of the overall cost of ethanol ($5.05 GGE1) that is equal to
the sum of MSP of ethanol and electricity credit.
Fig. 5 shows the contribution to the MSP by process section.
The feedstock (corn stover) cost is the highest contributor
($1.73 GGE1, 34.7%) while the two-stage reaction section is the
second highest contributor ($1.15 GGE1, 23.0%). The contributionof capital cost (83.5%) to the reaction cost is signiﬁcantly higher
compared to those of material (4.3%) and other operating costs
(12.2%).
3.5. Sensitivity analysis
We studied the sensitivities of the MSP with respect to key
economic and process parameters (Fig. 6a). The variation in the
selected parameters reﬂect the values reported recently by NREL
(Humbird et al., 2011). The feedstock cost appears to be the dom-
inant cost driver, while the overall sugars-to-ethanol molar yields
have moderate impact. When feedstock cost was reduced from
$83/ton (base case scenario) to $60/ton, the MSP decreased by
9.5%. When the overall sugars-to-ethanol molar yields increased
from 87% (base case scenario) to 91%, the MSP decreased by 3.6%.
If both parameters are adjusted simultaneously, the MSP decreases
by 13.1% to $4.33 GGE1 which is close to conventional fuel. Fur-
thermore, recent studies suggest that the molar yield of sugars-
to-ethanol can be as high as 96%. Thus, using higher overall ethanol
yield and reduced feedstock cost decreases the MSP of ethanol to
$4.13 GGE1.
The potentially transformative characteristic of the proposed
strategy is the use of a biomass-derived solvent (GVL) instead of
expensive enzymes for the deconstruction of biomass to sugars.
Nevertheless, based on the currently available experimental
results, the overall solvent:biomass mass ratio in the reactor
Fig. 6. (a) Impact of adjusting the key economic/process parameters to those of NREL (2011). (b) Impact of GVL:biomass ratio on the MSP of ethanol.
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through the system, which in turn leads to increased capital invest-
ment; and (2) large energy requirements for the separation of GVL
from sugars (extraction) and the separation of GVL from biomass
residues (evaporation). Since this technology is at its infancy, how-
ever, it is reasonable to expect signiﬁcant improvements (reduc-
tions) in the amount of GVL necessary to achieve effective
biomass deconstruction.
To assess the economic impact of such potential improvements,
the impact of the solvent:biomass ratio to the MSP was studied
(Fig. 6b). When the ratio was reduced from 14:1 to 10:1 (8:1),
the MSP decreased by 10.0% (17.1%) to $4.49 GGE1 ($4.13 GGE1),
mainly due to a 16.4% (27.5%) reduction in the reaction cost. Fur-
thermore, the total energy (heating and electricity) requirements
after heat integration decreased by 15.2% (34.1%) to 74.9 MW
(58.2 MW) which results in an increase in the electricity credit
from $0.06 GGE1 to $0.16 GGE1 ($0.27 GGE1). This suggests that
the solvent:biomass ratio is indeed a key parameter and that future
research efforts should focus on the development of systems that
utilize a smaller amount of solvent and/or alternative solvents.
4. Conclusions
An integrated biofuels production strategy employing non-
enzymatic sugar production using GVL as a solvent was developed.
It was shown that the strategy has high biomass-to-ethanol yields,
but requires the design of effective separation subsystems for the
recycle of GVL as well as effective heat integration. The total heat
and electricity requirements can be satisﬁed by burning lignin
and biomass residues, while 67.1% of the energy content of
cellulose and hemicellulose can be transformed into ethanol. A
preliminary technoeconomic analysis suggests that this strategy
could become an economically competitive alternative to current
biofuels production approaches.
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